
Modeling and Optimization for a
Comprehensive Gas Processing Plant with
Sensitivity Analysis and Economic
Evaluation

Sweetening, dehydration, natural gas liquid (NGL) recovery, and sale gas com-
pression are four major treatment stages for the general natural gas processing.
Here, a comprehensive gas processing plant (CGPP) coupling sweetening, dehy-
dration, NGL recovery, and compression subsystems have been conceptually
designed, modeled, and optimized based on field data. The development includes
four major stages of work: (i) CGPP process development with Aspen HYSYS
simulator; (ii) sensitivity studies for all distillation columns involved in the CGPP
process to optimize their performances; (iii) sizing of major equipment of the
CGPP; and (iv) economic evaluations with Aspen process economic analyzer to
calculate the expected capital and operating expenditures for the developed CGPP
process. Valuable insights of natural gas monetization from the viewpoint of
large-scale process system integration, modeling, and optimization are provided.
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1 Introduction

Among all fossil fuels, natural gas will become a major clean
energy resource worldwide in the coming decades. Natural gas
has been widely used as the feedstock and fuel gas in the chem-
ical and petrochemical industries [1]. Its treatment units are
designed based on the impurities present in the raw natural gas
and permissible limits of these impurities in the sales gas. Typi-
cally, those specifications include water content, hydrocarbon
dew point, heating value, carbon dioxide and hydrogen sulfide
removal [2–4]. Thus, processes required to meet sales gas spec-
ifications usually include dehydration, sweetening (removal of
H2S and CO2), compression, and hydrocarbon dew point con-
trol [5]. A typical block flow diagram for a general natural gas
treatment plant is presented in Fig. S1 in the Supplementary
Information.

Generally, after the raw natural gas is collected, all acid gases
like H2S and CO2 shall be removed first from the natural gas
feed to prevent corrosive damage to the downstream equip-
ment and piping [6]. The feed gas compositions and condi-
tions, desired purity of the treated gas, and the selectivity of
H2S over CO2 act as the evaluation criteria of acid gas removal
technologies. The acid gas flows to the gas sweetening unit
(GSU), also called acid gas removal unit (AGRU), where H2S
and CO2 will be removed. Methyldiethanolamine (MDEA) is a
tertiary amine that offers many advantages over other alkanol
amines [7]. The difference in the reaction rates with H2S and

CO2 gives MDEA a desirable feature over other amines,
namely, selectivity of H2S over CO2. H2S is removed by an
amine solvent to meet the total sulfur product specification,
typically 4 ppmv. CO2 is removed to 50 ppmv to avoid CO2

freezing in the main exchangers in the liquefaction plant [8].
Diethanol amine (DEA) is widely used in the industry due to
its lower heats of reaction, higher acid gas carrying capacity,
and resultant lower energy requirements, while avoiding the
significant problems of corrosion and solvent degradation.
DEA could also have potential for selective H2S removal from
streams containing CO2 under certain conditions [9–11]. For
the above reasons, DEA was chosen for the gas sweeting unit in
this paper.

The presence of water vapor in the gas stream poses serious
problems such as plugging, pipeline corrosion, reduction of
line capacity, and reduction of combustion efficiency [12]. For-
mally, the process of water removal from a natural gas stream
is called the gas dehydration process. It includes glycol absorp-
tion, polymer membranes, composite membranes, molecular
sieves, and isenthalpic gas cooling with controlled hydrate for-
mation [13–16]. Glycol absorption is the dehydration method
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used in the majority of existing natural gas treatments plants.
The commonly available glycols are monoethylene glycol
(MEG), diethylene glycol (DEG), triethylene glycol (TEG), and
tetraethylene glycol (TREG) [17]. TEG is the most commonly
used solvent for natural gas dehydration since its adsorption
dehydration can achieve very low water content and is best
applied to where a very low dew point is required. It has high
hygroscopicity and low solubility in natural gas and low vapor
pressure. MEG and DEG can also be taken for dehydration
applications. However, their performance in terms of solvent
loss and thermal degradation in the regeneration system are
normally poorer than those from TEG [18, 19].

After 1970, some changes were carried out on conventional
glycol units for raising glycol concentration. These changes
include using a stripping gas column after the regeneration
reboiler [20]. In 1970, the Dow chemical company presented a
process in which volatile materials were used to increase water
volatility in the regeneration unit. These processes were called
Drizo and Super Drizo [21, 22]. In 1993, by utilizing this pro-
cess, a glycol concentration of 99.99 wt % was achieved [23, 24].
There are also many commercially available processes for
customized dehydration systems, especially absorption in TEG
[25].

After dehydration, the natural gas liquid (NGL) should be
removed to maintain the natural gas dew point as well as yield
a source of revenue from NGL [26]. Actually, NGL has a signif-
icantly greater value than the main product of methane. The
lighter NGL fractions such as ethane, propane, and butane can
be used as feedstock to refineries; meanwhile, the heavier
hydrocarbons can be employed as gasoline-blending stock [27].
Its production depends on heavy hydrocarbon content of the
natural gas to be processed [28]. The extraction of ethane and
NGL from natural gas is generally based on some of the follow-
ing alternatives: (i) external refrigeration (ER), (ii) turboexpan-
sion (TE), (iii) Joule-Thompson expansion, and (iv) absorption
[29]. Refrigeration systems for NGL recovery use either pro-
pane or butane as refrigerants. In some applications, mixed
refrigerants and cascade refrigeration cycles have been applied
[30, 31].

In all previous studies, only some single subsystem was
investigated, e.g., gas sweeting, gas dehydration, or NGL recov-
ery subsystem. In this study, a comprehensive gas processing
plant (CGPP) coupling sweetening, dehydration, NGL recov-
ery, and compression subsystems has been simultaneously de-
signed, modeled, and optimized based on field data, which has
never been reported before. This merit echoes the application
reality that all subsystems have to be considered simultaneously
to comprehensively investigate operating conditions such as
pressure, temperature, and flow rate that might affect each sub-
system. Meanwhile, the integrated system could also enable the
equipment sizing for four subsystems to be done simultaneously.

The simulation result indicates that the desired rate of return
of the developed CGPP process is about 20 % per year; and the
payback period will be 1.5 years. So, this study provides more
valuable insights and solid foundation than ever for the entire
natural gas processing from the viewpoint of the large-scale
process system integration, modeling, and optimization. It will
have a great potential to benefit future industrial design, oper-
ating, as well as budgeting and cost estimation.

2 Methodological Framework

The developed methodology framework contains four major
stages of work as illustrated in Fig. 1. In the first stage, rigorous
modeling and simulation will be conducted for the developed
CGPP process. In this paper, Aspen HYSYS version 10 is
employed to generate the entire process simulation model
based on field data. In the second stage, the performance of all
distillation columns, which are key units of the developed
CGPP process, will be thoroughly investigated via sensitivity
studies. Based on these studies, optimum operating conditions
for all distillation columns could be identified. Sensitivity stud-
ies for three subsystems are performed.
– For the gas sweeting subsystem, the performance of acid gas

absorption efficiency and solvent diethanol amine (DEA)
loss in the absorption tower with respect to different operat-
ing pressure, temperature, and flow rate will be investigated.
Meanwhile, the reboiler duty and solvent (DEA) loss of the
regeneration tower with respect to its operating temperature
will also be assessed.

– For the gas dehydration subsystem, the performance of
water absorption efficiency and solvent loss (i.e., TEG loss)
of the absorption tower with respect to different pressure,
temperature, and flow will be investigated. Also, the perfor-
mance of reboiler duty and solvent (TEG) loss in the regen-
eration tower with respect to its different operating tempera-
ture will also be analyzed.

– For the NGL recovery subsystem, the demethanizer tower
performance with respect to its operating pressure and tem-
perature will be examined. Based on the sensitivity study
results, the optimal design and operating parameters for all
distillation columns will be identified.
Next, sizing for major equipment of the developed CGPP

process will be performed in the third stage based on updated
simulation results. In the last stage, economic evaluations with
Aspen process economic analyzer will be conducted to calcu-
late the expected capital, installation, and operating expendi-
tures for the developed CGPP process. Certainly, if the simula-
tion results of each step are not satisfying, troubleshooting for
all the possible upper stages of works will be performed; such a
working procedure will be iterated until the final satisfying so-
lution of the CGPP is obtained. Note that major tasks for each
stage of work are also listed in Fig. 1. In the following context,
more detailed descriptions for each stage of work are given.

3 CGPP Process Development and
Modeling

Aspen HYSYS (version 10) is employed to generate the entire
process simulation model. The PENG-ROB equation-of-state is
used as the thermodynamic property method for simulation
because it is recommended for gas processing, refinery, and
petrochemical applications. The acid gas equation-of-state is
taken for the gas sweeting subsystem and the glycol equation-
of-state for the gas dehydration subsystem. The gas plant flow
rate and composition particularly depend on the plant capacity
and the reservoir composition. The typical gas plant flow rate
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varies from 20 000 to 1.2 million m3h–1, and the methane com-
position can change from 0.4 % to 0.95 %. The typical model
composition of natural gas, also used in this study, is presented
in Tab. 1.

The inlet feed gas contains 0.1 % nitrogen, 2.87 % CO2,
1.57 % H2S, 75.2 % methane, 9.7 % ethane, 6.4 % propane,
1.06 % isobutane, 0.65 % n-butane, 0.3 % isopentane, 0.15 %
n-pentane, and 1.87 % H2O. The big picture of the developed
CGPP HYSYS model is given in Fig. 2.

3.1 Sweetening Subsystem and Simulation Results

At the beginning of the CGPP process, 300 300 m3h–1 of natural
gas (Inlet Gas) enters into a feed-water knockout drum
(FWKO). The purpose of this unit is to remove water/conden-
sates from the gas stream. After that, all of the gas (Sour Gas)
flows into the acid gas removal column (C-201). The gas
stream then reacts with DEA in the absorption column
(C-201). The amount of sweet gas coming out from top of the
column (Sweet Gas) is 281 800 m3h–1 while the DEA fed to the
column (DEA Feed) is 425 m3h–1. The rich amine effluent from

the bottom of the absorption column (Rich DEA) is 456 m3h–1.
This Rich DEA stream then goes to the regeneration column,
where the absorbed acid gases will be removed. The flow rate
of acid gas leaving the regeneration column (C-206) is
17 820 m3h–1 (Acid Gas). The flow rate of regenerated lean
DEA (C-206B) leaving from the bottom of the regeneration
column (C-206) is 422 m3h–1. After sweetening, the mole per-
centage of CO2 and H2S from 2.87 and 1.57 in the Sour Gas
stream becomes 0.01 and 0 in the sweet gas (Sweet Gas),
respectively. Hence, the gas stream is almost free of acid gases
and the removal efficiencies of 99.7 % for CO2 and 100 % for
H2S are achieved.

3.2 Dehydration Subsystem and Simulation Results

Fig. 2 also presents the process flow diagram for the natural gas
dehydration subsystem. The sweet gas (Sweet Gas) of
281 800 m3h–1 coming from the top of acid gas removal unit
(represented as To Dehydration) enters the bottom of dehydra-
tion absorber column C-103. The liquid desiccant of TEG
(TEG Feed) flows downward from the top of this column. The
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(Dry Gas) of 281 100 m3h–1 from top of C-103 is then passed
through the next unit for further treatment which is represent
as (To NGL Recovery Unit). The amount of vent gas (C107D)
coming out of the dehydration regeneration unit (C-107) is
650 m3h–1, which mainly consists of water vapor (about
98.7 %). The lean TEG (C107B) coming out from the bottom
of the regeneration unit (C-107) is 14.7 m3h–1 and the makeup

(TEG) flow rate is 0.0013 m3h–1 for the entire dehy-
dration subsystem. The amount of water in the
inlet stream (To Dehydration) to the absorber col-
umn (C-103) is about 0.08 mole % and this amount
is further reduced to 0.0 mole % after dehydration.

3.3 NGL Recovery and Compression
Subsystems and Simulation Results

After dehydration, the treated gas will get into the
gas subcooled process (GSP) by turboexpansion.
Fig. 2 gives the schematic diagram of the NGL
recovery process. The feed in this NGL recovery
subsystem (To NGL Recovery Unit) is firstly cooled
by the heat exchangers HX-302, HX-301, and
HX-303. The precooled feed is sent to a separator
(V-304) where the liquid is separated from the gas
stream. A portion of the separated gas is further
cooled by the heat exchanger HX-310 with the
effluent directed to the demethanizer column
(C-307). The other portion of the separated gas
from V-304 is expanded in a turboexpander
(K-305) and sent to the demethanizer via a prepa-
rator of V-306. Meanwhile, the liquid stream leav-
ing the separator (V-304) enters the demethanizer
at a lower stage. The demethanizer overhead is
termed as the residue gas (C307V), which is direct-
ed to HX310 for heated up. After that, part of the

power required to recompress the residue gas stream by the
compressor (K-311) is provided by the turboexpander (K-305).
Another compressor (K-312) is still needed to bring the final
output (Sales Gas) pressure up to 6205 kPa. The demethanizer
bottom stream (NGL) contains all the remaining C2+ hydro-
carbons.
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Table 1. Operating conditions and composition of inlet gas, acid gas, NGL, and
sales gas.

Parameter Inlet gas Acid gas NGL Sales gas

Flow [m3h–1] 300 300 17 820 50 850 230 300

Pressure [kPa] 8273 190 1380 6200

Temperature [�C] 30 82 25 30

Nitrogen [mol %] 0.10 0.0 0.0 0.001

CO2 [mol %] 2.87 46.13 0.22 0.0

H2S [mol %] 1.57 26.20 0.0 0.0

Methane [mol %] 75.20 0.19 1.75 97.27

Ethane [mol %] 9.70 0.02 46.31 2.40

Propane [mol %] 6.40 0.01 37.31 0.09

i-Butane [mol %] 1.05 0.0 6.14 0.0

n-Butane [mol %] 0.65 0.0 3.83 0.0

i-Pentane [mol %] 0.30 0.0 1.74 0.0

n-Pentane [mol %] 0.15 0.0 0.88 0.0

n-Hexane [mol %] 0.08 0.0 0.47 0.0

n-Heptane [mol %] 0.06 0.0 0.35 0.0

H2O 1.87 27.39 0.0 0.0

Figure 2. Flow diagram of the developed CGPP process.
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4 Sensitivity Analysis

As distillation columns play critical roles in the performance of
the developed CGPP process, sensitivity analyses are per-
formed for those columns in order to identify their optimal
operating conditions. The first step of the sensitivity analysis is
to determine independent variables in the CGPP process to
distinguish the effect of such variables on the column perfor-
mance. The independent variables can be divided into two cat-
egories. The first category mainly includes operational parame-
ters of the DEA and TEG absorption tower pressures,
temperatures, and solvent (DEA and TEG) flow rates, as well
as reboiler temperatures of regener-
ation towers. The second category
involves operational parameters of
natural gas such as inlet gas flow
rate and temperature.

Based on the independent vari-
ables, important dependent vari-
ables which strongly affect the
CGPP process performance, such
as H2O and CO2 absorption effi-
ciency from the natural gas, the
makeup flow rate of DEA and
TEG, the amount of solvent losses,
as well as the amount of energy
consumption represented by re-
boiler duties in gas sweetening and
dehydration subsystems, are identi-
fied. In both gas sweeting and de-
hydration subsystems, the CO2,
H2S, and H2O absorption perfor-
mances increase with higher ab-
sorption column pressure. Though
a higher pressure would bring
higher capital cost of column, the
main goal is to remove the CO2,
H2S, and H2O from the sales gas to
meet the customer specification. If
one cannot remove the CO2, H2S,
and H2O from the sales gas, it will
not meet the ultimate goal. Note
that the associated capital cost with
high pressure factor was not con-
sidered in this study.

4.1 Sensitivity Analysis for
the Gas Sweetening
Subsystem

Acid gas absorption was carried
out through an absorption column
(C-201), where a lean DEA solu-
tion flows in countercurrent to the
natural gas stream as displayed in
Fig. 2. The simulated influences on
acid gas absorption and DEA loss
against the absorption pressure and

temperature are illustrated in Figs. 3 and 4, respectively.
According to the Fig. 3, the absorption column (C-201) pres-
sure could be ranged from 4825 to 8 275 kPa. The absorption
performance increases with higher pressure. Meanwhile, the
variation of amine loss with absorption pressure is very small,
which can be negligible. Thus, 8275 kPa is the best absorption
pressure as the maximum acid gas absorption could be
achieved at this pressure while the DEA loss rate was almost
unchanged.

From Fig. 4, the acid gas absorption performance has no
significant influence with the temperature change at the
absorption column (C-201). However, the increment of the
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DEA absorption tower (C-201) temperature will cause an
accelerated DEA loss in the regeneration stripper (C-206).
Thus, 30 �C is set as the preferred operating temperature at
C-201 to trade off between the acid gas absorption perfor-
mance and the DEA loss rate.

Based on simulation, Fig. S2 in the Supplementary Informa-
tion reveals that as the DEA flowrate increases, the total heat
duty, which represents the major energy consumption in the
gas sweetening subsystem, also rises. This is because more
energy will be required for solvent purification and cooling at a
higher solvent flow rate. Fig. S2 also demonstrates the effect of
DEA circulation rate on the acid
gas absorption performance. It
shows that the acid gas absorption
rate will rise gradually versus the
increase of solvent circulation rate.
However, after the solvent circula-
tion rate overpasses 446 100 kg h–1,
the acid gas absorption rate will
not increase much while the re-
boiler duty of the regeneration
stripper (C-206) still rises signifi-
cantly. Therefore, 446 100 kg h–1 is
selected as the preferred solvent
circulation rate for the absorption
column (C-201).

Note that the DEA loss with the
acid gas from the top of regenera-
tor (C-206) and reboiler duty
depend on the regenerator reboiler
temperature. Fig. S3 in the Supple-
mentary Information illustrates the
variation of the DEA loss rate with
respect to the reboiler temperature
of the regenerator C-206. The total
reboiler heat duty has two func-
tionalities, namely, to provide the
sensible heat for heating the rich
amine from feed temperature to its
reboiler temperature and to pro-
vide the latent heat to vaporize the
absorbed acid gas. In fact, under a
fixed feed condition, the variation
of the regenerator reboiler heat
duty is predominantly due to the
latent heat of the acid gas vaporiza-
tion. The reboiler duty will increase
with the increment of the reboiler
temperature as indicated in Fig. S3.
In the meantime, simulation indi-
cates that the DEA loss exhibits
only minor changes with reboiler
temperature changes. To maintain
110 �C temperature at the regenera-
tor (C-206) reboiler is best.

4.2 Sensitivity Analysis for the Dehydration
Subsystem

Water absorption was carried out through a column (C-103)
where a lean TEG solution flows in countercurrent to the natu-
ral gas stream shown in Fig. 2. The simulated influence of
absorption pressure and temperature is illustrated in Fig. 5 and
6. According to Fig. 5, the pressure for maximum absorption
ranges from 4825 to 8275 kPa. Absorption performance
increases with higher absorption column (C-103) pressure.
Moreover, the TEG absorption tower pressure reduction causes
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more evaporation (TEG losses) in the stripper, which means
more glycol makeup is needed. Variation of glycol loss with
absorption pressure is illustrated in Fig. 5. Consequently,
8275 kPa is thought to be the best in terms of balancing H2O
absorption and TEG loss.

On the other hand, absorption has no significant influence
with the changing of gas temperature at the absorption column
(C-103) which is illustrated in Fig. 6. Moreover, the TEG
absorption tower (C-103) temperature increase causes more
evaporation in the regeneration stripper (C-107), so TEG losses
rise gradually.

In order to minimize the water content of the outlet dry gas,
the glycol circulation rate needs to be increased. Fig. S4 in the
Supplementary Information reveals that as the TEG flow rate
rises, the total heat duty or energy consumption in dehydration
and regeneration processes increases. The main reason is that
more energy is required for gas cooling and solvent purification
at higher solvent flow rate. This figure also displays the effect
of TEG circulation rate on the water absorption from the sweet
gas. The sensitivity of the water absorption to the rate of glycol
increases gradually by raising the glycol rate. However, after a
glycol rate of 16 600 kg h–1, the water absorption rate is not
increased significantly whereas the boiler duty rises distinctly.
Increasing the TEG circulation rate will boost the operating
costs. Thus, 16 600 kg h–1 is considered as the minimum feasi-
ble rate for glycol circulation rate for the optimization of the
absorption column (C-103). Solvent (i.e., TEG) loss at different
solvent flow rates has no significant influence.

Some parameters such as TEG loss in the top of the regenera-
tor (C-107) and reboiler duty depend on the regenerator temper-
ature and were evaluated as well. The TEG loss becomes larger
because the mass flow rate of the stripping vapor generated by
the reboiler increases with regenerator temperature. Fig. S5 in
the Supplementary Information illustrates the variation of the
TEG loss with regenerator (C-107) temperature.

The total reboiler heat duty has two functional-
ities, i.e., to provide the sensible heat for heating
the rich glycol from feed temperature to reboiler
temperature and to provide the latent heat to
vaporize water. In fact, under fixed feed condition,
the variation of the regenerator heat duty is pre-
dominantly due to the latent heat of water vapor-
ization. Higher reboiler duty is achieved by increas-
ing the reboiler temperature as it can be seen in
Fig. S5. To maintain the 210 �C temperature at the
regenerator (C-107) reboiler is the best as it
absorbs the H2O sufficiently and leads to minimum
reboiler duty and TEG loss. A further increase of
the reboiler temperature does not affect the H2O
absorption whereas it raises the reboiler duty and
thus the energy loss significantly.

4.3 Sensitivity Analysis for NGL Recovery
and Compression Subsystems

In the NGL recovery subsystem, the critical step is
to produce the desired liquid product by means of
a fractionation column. The column in this study is

called demethanizer column (see C-307 in Fig. 2), which sepa-
rates methane and other more volatile components at the top
of the column from ethane and less volatile components in the
purified gas stream. The performance of the NGL recovery
process is highly dependent on the operating pressure and tem-
perature of the demethanizer column. A demethanizer is oper-
ated at medium to low pressure to separate the lighter compo-
nents [31]. As suggested by Chebbi [32], the typical range of
demethanizer operating pressure should be 690–3100 kPa.
Though tuning the reflux ratio is also responsible for NGL
recovery, the key design variable for a demethanizer is the op-
erating pressure of the column, as changing column operating
pressure significantly affects different important operating con-
ditions such as relative volatilities, vapor loads, and tempera-
ture profiles inside the columns.

Meanwhile, as the ethane boiling point is near –90 �C, the
investigated demethanizer operating temperature should be
around –90 �C. The three consecutive heat exchangers, i.e.,
HX-301, HX-302, and HX-303, are to reduce the gas tempera-
ture. Also, the sudden pressure drop in separator V-304 and
the use of turbo expander K-305 decrease the gas temperature
significantly. Thus, the sensitivity study for the demethanizer
performance covers the pressure varieties from 690–3100 kPa
and the temperature variations from to –70 to –100 �C. Fig. 7
demonstrates the simultaneous effect of demethanizer pressure
and temperature on NGL recovery efficiency. It indicates that a
higher NGL recovery efficiency will be obtained at both lower
demethanizer pressure and temperature.

Fig. 8 illustrates the simultaneous effect of demethanizer
pressure and temperature on the energy consumption includ-
ing the demethanizer reboiler duty (see C-307 in Fig. 2) and
the compression energy (see K-312 in Fig. 2) required in the
downstream compression subsystem. Note that K-311 is driven
by K-305, which belongs to the internal energy recovery. From
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Figure 7. Effect of demethanizer pressure and temperature on NGL recovery
efficiency.
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Fig. 2 it is obvious that the higher compression energy will be
required at a lower demethanizer pressure. This is because at a
low demethanizer pressure the top outlet pressure of the resi-
due gas (C-307V) will be also low, which requires the down-
stream of K-312 (see Fig. 2) to spend more energy to gain the
specified pressure for the sales gas.

Meanwhile, the energy consumption in NGL recovery and
compression subsystems will become higher at a lower demeth-
anizer operating temperature, which is because at a lower
demethanizer temperature the reboiler of C-307 needs more
energy for heating the bottom liquid. As indicated in Fig. 8, the
higher energy consumption will result from both lower
demethanizer pressure and temperature. As the NGL recovery
efficiency is better to be higher than 96 % and the required
energy will be significantly high when NGL recovery efficiency
reaches 99 %, the selected operating pressure and temperature
for the demethanizer are 1380 kPa and –90 �C, respectively.
Generally, the settings are to balance the NGL recovery and
energy consumption. Under these operating conditions, the
NGL recovery efficiency is 97.3 %.

5 Economic Performance Evaluation

The economic evaluation aims to estimate various costs, prod-
uct sales, and the payback period to invest such a new CGPP
project. It is based on the process design and equipment sizing
information, which is presented in the Supplementary Infor-
mation with detailed description. The project cost includes
total capital cost and operating costs of the entire process. The
total capital cost involves equipment cost and installation cost
of all units. The utility cost considers electricity, steam, cooling
water, high-pressure steam, and low-pressure steam. The oper-
ating cost comprises the total raw materials (i.e., feed cost and

chemical consumption), unit operation, and total
utility costs. The costs and installed weights for
major equipment are summarized in Tab. 2.

The utility cost of the CGPP process is presented
in Tab. 3. The total cost of the gas processing plant
is given in Tab. 4. It shows both capital and operat-
ing cost as well as the total product sale. The total
product sale includes 230 300 m3h–1 natural gas
sales and 188.2 m3h–1 NGL. The crude oil/gas mar-
ket changes every single day. In the last five years,
it varied from 20 to 100 USD per barrel. The natu-
ral gas price also varied from 2 to 6 USD for per
thousand cubic feet. Considering the natural gas
sales price of 5 USD per thousand cubic feet and
the NGL sales price of 60 USD per barrel which are
typical prices within these ranges, the payback peri-
od will be around 1.5 years.

6 Conclusions

The aim is to develop and optimize a comprehen-
sive gas processing plant (CGPP) for sales gas and
NGL productions, which seldom has been system-
atically studied as an integrated system from the

previous studies. The CGPP process consists of sweetening,
dehydration, NGL recovery, and compression subsystems. The
development included four major stages of work: (i) CGPP
process development with Aspen HYSYS simulator; (ii) sensi-
tivity studies for all distillation columns involved in the CGPP
process to optimize their performances; (iii) sizing of major
equipment of the CGPP; and (iv) economic evaluations with
Aspen process economic analyzer to calculate the expected
capital and operating expenditures for the developed CGPP
process.

Considering the natural gas sales price of 5 USD per thou-
sand cubic feet and an NGL sales price of 60 USD per barrel,
the payback period of the entire gas processing plant will be
1.5 years. This study provides valuable insights of natural gas
monetization from the viewpoint of the large-scale process sys-
tem integration, modeling, and optimization.
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Supporting Information for this article can be found under
DOI: https://doi.org/10.1002/ceat.202000216.
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CGPP comprehensive gas processing plant
DEA diethanol amine
NGL natural gas liquid
TEG triethylene glycol
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